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The modeling and optimal design/operation of gas membranes for postcombustion carbon capture (PCC) is presented. A
systematic methodology is presented for analysis of membrane systems considering multicomponent flue gas with CO; as
target component. Simplifying assumptions is avoided by namely multicomponent flue gas represented by CO,/N, binary
mixture or considering the colcountercurrent flow pattern of hollow-fiber membrane system as mixed flow. Optimal regions
of flue gas pressures and membrane area were found within which a technoeconomical process system design could be
carried out. High selectivity was found to not necessarily have notable impact on PCC membrane performance, rather, a
medium selectivity combined with medium or high permeance could be more advantageous. © 2011 American Institute of

Chemical Engineers AIChE J, 58: 1550-1561, 2012
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Introduction

Avoiding CO, emissions is seen as imperative, and gov-
ernments have recognized this as a key objective toward
curbing effects of extreme weather, higher temperatures,
worsening droughts and floods, and rising sea levels. Fossil
fuels are the main contributors for CO, emissions. As such,
carbon capture and storage (CCS) is viewed as a solution
and a bridge from the current fossil fuel-based energy sys-
tem to one that has near-zero carbon emissions.

The premier interest in implementation of CCS projects is
the large CO, sources, e.g., power plants accounting for about
78% of worldwide large stationary CO, sources.' There are
three main approaches to capturing CO, from power plants;
precombustion, oxyfuel combustion and postcombustion.
Comprehensive descriptions of these processes can be found
elsewhere.”™ Although oxyfuel and precombustion technolo-
gies are studied extensively to be applied into new-build
power plants, postcombustion (PCC) may be the most acces-
sible option for retrofitting existing power plants due to mini-
mum changes required to the existing plant.*

A few technologies have been discussed for PCC; i.e., sol-
vent-based absorption-desorption,” membrane, adsorption677
and mineralization.® Solvent-based PCC although being the
best available technology (BAT), is not a long-term desired
technology for PCC due to its high-energy penalty for sol-
vent regeneration.”

Membrane-based PCC (MPCC) is one of the technologies
that may have good potential to compete with solvent tech-
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nology although currently being under very controversial dis-
cussions. The main advantages of membrane separation over
other technologies include compactness, modularity, and
ease of installation by skid-mounting, ability to be applied in
remote areas such as offshore, flexibility in operation and
maintenance and in most cases lower capital cost as well as
lower energy consumption.’

Carbon dioxide separation using membranes is widely
addressed in the context of natural gas sweetening where the
gas coming from the well contains CO, and H,S and is
required to be reduced to pipeline specifications (CO, = 2%
and H,S = 4 ppm).'>!" However, this does not necessarily
certify the practicality of using membranes for separation of
CO, from flue gas due to the CH4-CO, and CO,-N, systems
having differences in selectivity and in molecular size ratios
of the binary components as well as due to different impacts
of adsorption or capillary condensation effects.

The pioneer work on CO,/N, separation may be traced
back to the article by Kawakami et al.'> They studied the
impact of blending a low-permeable glassy polymer (cellu-
lose nitrate) with a plasticizer membrane (poly (ethylene gly-
col), PEG) on CO,/N, separation. The interesting point of
this research was that the authors did not have clear ideas
for industrial applications of CO,/N, separation and only
projected that the separation of CO, from N, might be used
“in order to recover carbon resources or to control CO, con-
centration in an artificial atmosphere™.

It was mainly after the United Nation’s Earth Summit,
held June 1992 in Brazil, that researches on different alter-
native approaches, including membrane, for separation of
CO, from flue gas (PCC) accelerated due to the high-
commercial value forecast. Since then various researches

AIChE Journal



have been carried out on membrane material design (MMD)
and membrane systems engineering (MSE) specifically for
separation of CO, from flue gas.

The review of studies on MMD is out of the context of
this study. In a detailed study, Powell and Qiao"? reviewed
available membrane materials for flue gas separation, possi-
ble design strategies, synthesis, fabrication and role of novel
materials. Their survey included a number of different
classes of polymers as well as carbon and mixed matrix
membranes. Their survey which covered some 190 reports
concluded that copolymers and polymer blends had higher
potential for further research.

It is currently observed that most of the studies on CO,
capture membranes are focused on improving selectivity and
literature lacks proper attention to other important require-
ments such as stability, resistance to high pressure, useful
lifetime, and so on. The other gap in the literature is ignor-
ing the impact of other components of flue gas such as water
vapor, O,, CO,, SO, NO,, NHj;, etc. With few excep-
tions,'*1¢ all prior studies focus on a binary mixture of Nj
and CO,. Most of the available selectivity values are for this
binary mixture.

Understanding the important role of minor components in
the design and operation of membranes for carbon capture,
Scholes et al.'” reviewed those polymeric membranes con-
sidering impact of minor gases on membrane permeability,
plasticization and aging effects. Their conclusion was that
“while many minor components can affect performance both
through competitive sorption and plasticization much
remains unknown. This limits the selection process for mem-
branes in this application”. One of the examples of this type
is the recent study of Merkel et al.'* who highlighted the
beneficial effect of water vapor in PCC. This is while, it has
been traditionally thought that water, due to having higher
permeability than CO, and due to solubility of CO, in water,
will cause plasticization effect and also Scholes et al.’® very
recently, reported negative impact of water.

Even in significant portion of studies, permeability of each
pure gas N, and CO, over the membrane is experimentally
analyzed and then CO,/N, selectivity is obtained by division
of the two values. This is while it is a general consensus
that permeability of a gas at pure and at mixture conditions
is very different due to different molecules’ competition in
diffusion and sorption.'® An analogy can be drawn with ther-
modynamics, the first approach could be called “ideal” se-
lectivity and the latter “real”. Therefore, future studies
should first place effort in producing real selectivity values
for CO,/N, mixtures, and the second attempt to use realistic
flue gas compositions at least while considering oxygen and
water vapor.

We can, therefore, conclude from this review that research
in the field of MMD is mainly focused on improving the
permselectivity of CO,/N, and other attributes of a proper
membrane, i.e., stability and compatibility, while influence
and considerations of the real process environment and
operational parameters are not explored well yet.

Another series of studies have focused on MSE. Vander-
sluijs et al.'® in an economical study, investigated the feasi-
bility of polymer membranes for the recovery of CO, from
flue gases of a power plant. They presented a cross-flow per-
meation model and used optimization to determine CO,
abatement costs. They pointed out that with the membranes
available at the time of their study, MPCC could not com-
pete with solvent-based technologies. They proposed that for
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membranes to become economically attractive for carbon
capture, membranes with CO,/N, selectivity higher than 200
along with high permeability would be required. The value
of selectivity of 200 has thereafter been widely accepted
and/or cited by various publications.zo_23 According to
Kazama et al®* the total cost of amine process is even
cheaper than a cardo polyimide hollow fiber membranes
with CO,/N, selectivity of 40 and having high CO,
permeance of 1,000 GPUs. They estimated that in the CO,
concentration range above 25%, membrane systems become
advantageous over other technologies.

Matsumiya et al.® having concern about energy consump-
tion for the separation of CO, in the flue gas used two dif-
ferent scenarios for achieving required driving force between
feed and permeate side. In one scenario they compressed
flue gas while the permeate side was under atmospheric
pressure. In the other approach they used flue gas in its natu-
ral atmospheric pressure but made vacuum condition in
downstream permeate side. They noticed that the energy
consumption required for achieving the driving force using
the vacuum strategy was significantly less than the one with
compression.

Bounaceur et a assuming the flue gas as a binary
mixture of CO, and N, and using cross-plug flow model
inside a single-stage membrane compared the feasibility of
membrane against that of amine solvent process. The study
concluded that with the available membranes of the time
having CO,/N, selectivities less than 50, the membrane
process was not feasible and values above 100 were
required. Another study in the same year claimed that
MEA-based technology is less expensive than membrane
technology even for CO, purity requirements as low as
60%.>” The same conclusion was reported elsewhere.”® Till
this stage there was general consensus on infeasibility of
MPCC for power plants although the quantitative values
for feasibility thresholds were different for various studies.
However, after this some new studies have contradicted the
infeasibility idea.

Favre?' debated the general consensus that solvent absorp-
tion technologies are more feasible than membranes. The arti-
cle criticized the IPCC statement' on inappropriateness of
membranes as being based on either incomplete or unclear
arguments. According to that author, the potential of dense
polymeric membranes to solve the flue gas treatment problem
may have been underestimated. Ho et al.”® with similar idea to
others?® compared membranes with compression against in
vacuo scenarios for a flue gas from a coal-fired power-plant.
They showed that while vacuum strategy required relatively
high membrane area, it could achieve 35% less capture cost
per tonne CO, avoided compared with compression systems.
However, the conclusion was that no available membrane
could result in capture cost competitive with amines.

Merkel et al.'* reported their development of a new mem-
brane with CO, permeances of greater than 1,000 GPUs and
a CO,/N, selectivity of 50 at 30 'C which according to them
has permeance 10 times higher than commercial CO, mem-
branes and selectivity in the range of the highest reported
for nonfacilitated transport materials. They simulated two-
stage membranes with vacuum pumps and using combustion
air as sweep flow. The study claimed that the membrane pro-
cess can capture 90% of CO, in flue gas as a sequestration-
ready supercritical fluid using about 16% of plant’s energy
at a cost as low as $23/tonne CO,. This suggested the feasi-
bility of MPCC.
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Figure 1. Schematic of hollow fiber membrane module with (a) cocurrent, and (b) countercurrent flow arrangement.

Bernardo et al.>® in a detailed review of state-of-the-art

membranes for gas separation point-out the fact that the con-
cept of membranes application for PCC is not fully explored
and “significant design optimization would be required to
identify efficient, feasible, and environmentally sound techni-
cal solutions”.

In our agreement with Bernardo et al.’** one of the main
problems of current studies on membrane carbon capture is
the lack of proper membrane process models to be used.
Most of the studies assume the flues gas as a binary mixture
(CO, and N,) which is not an acceptable simplification.
There are some other studies that assume mixed-flow pattern
which is subject to error as in reality cocurrent or counter-
current flow are used. Hollow fiber types have also undoubt-
edly proved to be the best at least for gas separation. We
have identified a notable lack in the literature in systematic
engineering analysis of membrane systems in any type of
gas separation including carbon capture.’'

In this study, we introduce our previously discussed mem-
brane gas separation simulation algorithm,*' implement it for
single-stage membrane carbon capture and evaluate the poten-
tial of membranes in this application. The model is first
presented in the following section and then its solution is pre-
sented in the other section considering both concurrent and
countercurrent flow pattern hollow fiber membranes. This
model has potential for identifying the optimal operating
conditions (e.g., pressure) and design parameters (e.g., area).
We have also presented results from a detailed parametric
analysis with discussions on the interaction between various
parameters as well as on the regions of optimality. Finally, con-
clusions are presented summarizing key findings and discussing
the merits of multistage configurations as well as the value of
this modeling approach in feasibility analysis of MPCC for
global decision-makers in the field of carbon capture.

Multicomponent Gas Membrane Modeling

Modeling
The overall mass transfer across the membrane for any

component i could be formulated as

_AF; Py, — Py,
A R

Ni )]
where N; is mass-transfer flux of component i, AFy; is the feed
flow rate passing through the membrane, A is membrane area,
P, and P, are bulk partial pressures of feed and permeate for
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component I, respectively, and R is overall mass-transfer
resistance. The overall mass-transfer resistance (R) is
described as a combination of three resistances (1) feed side
(external) boundary layer, (2) membrane structure, and (3) the
permeate side (internal) boundary layer. However, in the case
of low-permeance polymer membranes for gas separation that
follow solution-diffusion mechanism, permeance is the control-
ling parameter, and the internal/external mass-transfer resis-
tances might be relatively negligible. This simplifies Eq. 1 to

P
AFp =A f (Ps, = Pp,) )
m

where P; is permeability of component i over the membrane,
l,, is membrane thickness and P; /Iy is permeance (K, ). Four
parameters affect mass transfer across the membrane;
membrane area, thickness, permeability, and gas pressure. A
successful membrane separation process, thus, requires proper
values of these parameters from which two of them (thickness
and permeability) are related to membrane synthesis while the
other two (gas pressure and membrane area) are defined by
membrane or system design.

Besides thermodynamic and mass-transfer properties,
membrane module design and flow patterns also affect mem-
brane separation.’” There are four main types of membrane
designs, i.e., flat (plate-and-frame), tubular, spiral-wound and
hollow-fiber. The latter is receiving increasing attention
(especially for gas separation) due to its high-packing den-
sity as a result of higher area per volume.’ Five flow patterns
have also been studied, i.e., one-side-mixing, perfect mixing,
cross flow, cocurrent and countercurrent ﬂow,32_33 while for
hollow fiber systems the practical options are cocurrent and
countercurrent flows (Figure 1).

In this study, we consider hollow fiber membrane design
and aim to study performance of both cocurrent and counter-
current flow patterns borrowing the idea from Pan.>* Figure
1 illustrates a hollow fiber membrane with feed in shell-side
and permeate in lumen-side. This will be our base-case
model although there is not much difference when feed is
inside lumen and permeate diffuses to shell-side. The key
assumptions of this modeling are:

1 Permeabilities of gas components are assumed to be
independent of pressure.
2 Feed-side pressure drop is assumed to be negligible.
3 Permeate pressure-drop follows the highly accepted
Hagen-Poiseuille equation.®
The overall mass balance is given by
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Fy+Fp =Fp

o X,‘()Ff() — )Cl'Ff (3)
XiFy + yiF, = xioFro

Fro — Fy

where Frand F, are feed and permeate flow rates, respectively.
Accordingly, x; and y; are molar fraction of component i in
feed and permeate. The subscript O refers to feed condition at
membrane inlet.

Following Eq. 2, the permeation rate of gas component I
as well as total gas permeation through the membrane is
given by Egs. 4 and 5, respectively

d(x;F
(’; 7 _ ~27R,LNK,,,, (x;iPf — yiP,) )
Z
dF
d7f — —27R LNZKm szf yiP ) ®)

where R,, L and N are outer radius, length and total number of
hollow fiber membrane, respectively. For a feed with C
components, a set of C equations for (4) should be solved
simultaneously. However, as it is noticed the ODE contains a
term x;Fy where both x; and F are variables over hollow fiber
length. Therefore, the following equation requires further
simplification

dxi - —1

dFy
27R,LNK,, (x;P¢ — y;P i —
dz Fr ( TR LN, (x ey p)+x dz) ©®)

for both feed and permeate sides, the following conditions
should be, respectively satisfied

C

in =1 (7
> vi=1 ®)

The next step is to define an equation for calculation of
permeate component fraction y,. Given d(x;Fy) = yidFy com-
bination of Egs. 4 and 5 results in the desired Eq. 9

Ko, xi Zf (yi/Km )
yi = o 9
=B+ B 5 Ok, )

In which f is the pressure ratio of permeate over feed (P,/
Py). Pressure drop in the permeate side is defined from
Hagen-Poiseuille equation

dP, +8RTLy,(F;, — Fy)
dz R} NP,

10)

where R is ideal gas constant, T is temperature, [, 1S gas
mixture viscosity, and R;, is hollow fiber inner radius.
Equation 10 carries positive and negative signs for cocurrent
and countercurrent flows, respectively.

The important parameter in Eq.10 requiring attention is vis-
cosity, which varies as the concentration of permeate
(and feed) changes through the fiber length. We have used the
well-known Wilke®® equation which is proved to predict mul-
ticomponent gas viscosities within an average error of 2%.
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Solution algorithm

Considering the gas flow has C components (i = 1,
2,..., C), we want to obtain the concentration profile of
both feed (x;) and permeate (y;) over the hollow fiber
length. The profiles of feed-gas flow rate and permeate
pressure are also required. The profile of feed-gas pressure
is not required to be calculated as we assumed it not to
change over the fiber length. Permeate flow rate calcula-
tion is also redundant as by having feed-gas flow rate pro-
file, it could be easily obtained using mass balance Eq. 3.
Therefore, we have 2C + 2 unknowns. The same number
of equations is required to solve the problem. Equations 5,
6, 9 and 10 are candidate equations. These equations form
a system of nonlinear differential-algebraic equation
(NDAE). To solve this problem, we convert the ODEs
into algebraic equations using backward finite differential
equations over j segments (j = 1, 2,..., J) of the fiber
and then solve the new set of equations, all algebraic,
using Gauss-Seidel algorithms.

The solution algorithm for countercurrent flow has a small
difference due to the reverse direction of permeate. In cocur-
rent flow, both the feed and permeate initial values start at
j = 0; the values of other segments j are then calculated step
by step. However, in the case of countercurrent flow we
do not have permeate pressure at j = 0 (P,o) and instead
we have P,;. In this condition the numerical solution
will have one extra iteration loop and, hence, will be more
time-consuming.

Solution Output

For solution of the model, we considered a flue gas con-
taining four components, N,, CO,, O, and H,O at different
operating conditions. Finding permselectivity data was a dif-
ficult task due to almost complete lack of such experimental
data for a membrane using flue gas with more than two com-
ponents. Sada et al.'® presented experimental permselectivity
data for three components of CO,, N, and O,. However, the
data are out of date with low CO,/N, selectivity of 15.65.
Recently Merkel et al.'* used a commercial membrane with
selectivity values of 50, 2.5 and 100 for CO,/N,, O,/N, and
H,O/N,, respectively. We used these data as base-case in
our simulation work.

The model was solved using MATLAB R2009a on a PC
with 2-quad CPU of 2.83 GHz and 4 GB of RAM. Figure 2
illustrates the program output for flue gas with 13% CO,
and pressure of 10 bar.

The permeate concentration profile is the benchmark for
membrane evaluation or selection of flow pattern and other
design factors. Figure 2a illustrates the CO, concentration
(molar fraction) in permeate for cocurrent and countercurrent
flows. The flow pattern can be observed to have important
impact on permeate purity. While the outlet CO, concentra-
tion of permeate for cocurrent flow is 0.40, the correspond-
ing value for countercurrent flow is 0.57. The permeate con-
centration of N,, O, and H,O will, respectively be 0.43,
0.04 and 0.13 for cocurrent and 0.17, 0.02 and 0.24 for
countercurrent. However, both the CO, concentrations (co/
counter currents) are much lower than carbon capture strat-
egies for having high CO, purity above 95%. Permeate pu-
rity is important to decrease captured CO, transportation
cost toward sequestration site.
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Figure 2. Program output over membrane length at specific feed conditions of T = 50 'C, Ps, = 10 bar, Ppo = 1.01
bar, membrane area of 40 m?/(mol/s), concentrations, mol %: CO, = 13.0, N, = 80.4, O, = 3.6 and H,0 =
3.0 and permeance (10~ '° mol/s.m?.Pa): CO, = 510, N, = 10.2, O, = 25.5 and H,O = 1020.

(a) CO, fraction in permeate, (b) CO, fraction in feed/retentate, (c) dimensionless permeate flow rate (stage cut), and (d) perme-

ate pressure.

Figure 2b illustrates the CO, concentration (molar frac-
tion) in feed/retentate for the cocurrent and countercurrent
flows. As noticed, at the specified operation condition, the
membrane can reduce the CO, concentration of flue gas
from its original value of 0.13 down to about 0.067 and
0.069 for cocurrent and countercurrent, respectively. These
values mean that the retentate which will be vented to
atmosphere still has notable amount of CO,.

Figure 2c shows the dimensionless permeate flow rate
(stage-cut) profile over the membrane length for both cocur-
rent and countercurrent flows. According to this figure, in
cocurrent arrangement, slightly more flow can penetrate
across the membrane (0.122 vs. 0.118).

The feed pressure for both cocurrent and countercurrent
flow patterns is a constant value of 10 bars over membrane
length. Figure 2d shows permeate pressure over membrane
length. Permeate pressures profiles for cocurrent and coun-
tercurrent have opposite patterns due to different permeate
flow directions. The pressure is atmospheric for both the
flow patterns at permeate start point. As noticed, the output
permeate pressures are almost similar and to be more pre-
cise, cocurrent flow has slightly higher pressure (1.287 bar
vs. 1.270 bar).

The recovery is defined as proportion of CO, in outlet
permeate against inlet feed and is given by

_ YiaFps
xioFro

Rc (11)

The CO, recovery for the aforementioned calculation is
found to be 37.6% and 41.3% for cocurrent and countercurrent
flows, respectively, recalling that current carbon capture
recovery targets are in the order of 90%. This has shown that
membrane separation was not successful to capture acceptable
amounts of CO, at the operating condition used with flue gas
pressurization to 10 bars. As outlined earlier, a few studies in
recent years have highlighted the economic advantage of
vacuum mode of operation of membrane separation over
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pressurized one. In the next calculation, we keep the
permeate side at vacuum condition (in contrast with the
previous scenario being at atmospheric condition). The main
question here is what downstream vacuum pressure would be
appropriate? In the few available studies values of 0.03
bar,’” 0.08 bar,”® and 0.2 bar'* have been practiced.
However, we agree with Merkel et al.'* who suggest that
although the lowest vacuum pressure is desired, for large-
scale industrial application such as carbon capture from
power plants, vacuum pressure lower than 0.2 bar might not
be practical if one is to consider the structure limitation of
membrane material. For this reason we implement 0.2 bar in
this study.

We use input feed pressure of 2.0 bar, to fix the feed and
permeate pressure proportion at 10 similar to that of previ-
ous scenario. Therefore, in this scenario, all the parameters
are exactly the same as before (even pressure ratios) except
that the previous was pressurized process and this one is in
vacuo. Figure 3 illustrates the solution output for this sce-
nario.

According to Figure 3a, the CO, concentration in perme-
ate is 0.47 and 0.55 for co/counter current flows, respec-
tively. These values are relatively higher than pressurized
scenario. Figure 3b illustrates the concentration profile of
feed/retentate. At the fiber outlet, CO, concentration is 0.116
and 0.117 for co/counter current flows, respectively.

The stage-cut profile is illustrated in Figure 3c. According
to this figure, only 2.8% (co), and 2.4% (counter) of feed
flue gas can penetrate across the membrane. These values
are much lower than those of the pressurized scenario, being
about one-fifth. The outlet permeate pressures for co- and
countercurrent flows, according to Figure 3d are 0.42 and
0.36 bar, respectively.

The total CO, recovery is calculated to be 10.0% and
9.9% for co/counter current flows, respectively. These values
are much lower than those for pressurized scenario (ca.
one-fourth). Recalling Eq. 2, the key mass-transfer influen-
tial parameters are permeance, membrane area and feed

May 2012 Vol. 58, No. 5§ AIChE Journal
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Figure 3. Program output over membrane length at specific feed conditions of T = 50 'C, Py, = 2.0 bar, Ppo = 0.2
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(a) CO, fraction in permeate, (b) CO, fraction in feed/retentate, (c) dimensionless permeate flow rate (stage cut), and (d) permeate pressure.

pressure (driving force). With permeance being constant,
we can conclude that for the vacuum mode of operation to
achieve similar recovery to that of the pressurized mode, it
requires either higher pressure ratio or higher membrane
area. The pressurization is discarded as the objective of
having vacuum process is to prevent the high-compression
costs. The area, however, might be the solution, meaning
that vacuum process will require high membrane area.
Therefore, the appropriateness of vacuum mode of opera-
tion, whether for carbon capture or any other membrane
gas separation system, lies in the trade-off between energy
costs and membrane material costs. Therefore, detailed
technoeconomical analyses are warranted for this. We can
only project that with growing energy price and with deve-
lopment of new high-efficiency and low-cost membranes,
the vacuum process might be the choice in the future. In
the next section, we investigate the impact of various
parameters on membrane performance including both vac-
uum and pressurized scenarios.

Parametric Analysis

Membrane separation performance, according to Eq. 2 and
as discussed throughout the previous sections, is directly
related to permeance, pressure and area. There are other
secondary parameters such as selectivity and/or feed concen-
tration, etc., that affect the decision on the application of
membranes. In this section, we study the impact of these
parameters on membrane performance.

Membrane design

One of the important questions that a membrane manu-
facturer may encounter is the determination of the required
length of a membrane module. We know that membrane
area is given by A = 2nR,LN. Having A and R, constant,
we have constant value for LN, i.e., the product of length
(L) by number of fibers (V). The answer to the design
question for a single membrane module can then be either:
less number of longer fibers, or larger number of shorter
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fibers. We have studied this problem with the results shown
in Figure 4.

It is noticed that the recovery of CO,, for both cocurrent
and countercurrent flows, decreases with increase of mem-
brane length. It is also noticed that CO, purity of permeate
notably decreases for cocurrent flow but slightly increases
for countercurrent flow. For example, at membrane length of
0.5 m the purity for cocurrent and countercurrent flows are
very similar (being 0.6036 and 0.6038, respectively). How-
ever, at membrane length of 2.5 m the values become 0.42
and 0.61, respectively. This implies that for cocurrent flow,
shorter length is beneficial both for purity and recovery. For
countercurrent flow, although length has different impacts
on purity (positive), and recovery (negative), the impact on
recovery looks stronger than that of purity. This means that
for a membrane with fixed area of A it is more advanta-
geous to have shorter length resulting in higher number of
fibers. This may be reasoned that shorter length helps purity
of CO, remain higher (only for cocurrent). Furthermore,
design with more fibres takes care of stage-cut resulting in
higher recovery. It should, however, be noted that the deci-
sion on what length to choose is related to manufacturing
limitations as lengths below certain limits might not be prac-
tical. The cost of module size is another consideration in
such decisions. The immediate estimation is that small-
length strategy will increase the total number of installed
modules and, thus, capex, but due to higher recovery will
reduce opex.

Another observation from Figure 4b is that up to a certain
membrane length, cocurrent flow results in higher recovery
after which countercurrent shows advantage. In the afore-
mnetioned example, under the given condition, the threshold
length is 0.9 m.

Impact of feed quality

Feed quality is a very definitive process selection and
design parameter. Figure 5 illustrates the impact of CO, con-
centration of feed flue gas on permeate purity. As noticed in
Figure 5, when the concentration of CO, in the feed increases,
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Figure 4. Impact of fiber length on membrane perform-
ance (a) CO, purity, and (b) CO, recovery,
when LN = 8 x 10° and R, = 150 x 107°
(identical membrane area of 7.5 m2/(mol/s))
at specific feed conditions of T = 50°C, P, =
20 bar, P, = 1.01 bar, concentrations, mol
%: CO, = 13.0, N, = 80.4, O, = 3.6 and H,0
= 3.0 and permeance (10~ mol/s.m?Pa):
CO, = 510, N, = 10.2, O, = 25.5 and H,0 =
1020.

correspondingly, the purity of permeate increases. For
instance, when the concentration of CO, in the feed flue
gas is 6%, the outlet permeate will have CO, purity of
27.6% for cocurrent and 40.5% for countercurrent. How-
ever, when the concentration increases to 20% the values
will be 61.5% and 72.8% for co/counter, respectively. This
upholds the well-known fact that membranes perform effi-
ciently when the concentration of target component is high
in the feed.

Flue gases usually have concentrations less than 20%
(vol.) and generally about 13-15%. For this reason, mem-
branes will not be a proper choice for carbon capture unless
other influencing parameters (to be discussed in the follow-
ing sections) are correctly selected.

Impact of flue gas pressure and membrane area

Feed pressure and membrane area are two very critical
design parameters. High feed pressure translates to higher
opex while high membrane area is linked to higher capex.
Therefore, it is always desired to have both these values as
low as possible. However, any change in these parameters
affects the permeate and retentate composition, as well as
flow rate and pressure. We study here the impact of these
two parameters on membrane performance. We study
both pressurized and vacuum conditions. For pressurized
scenario (PS) we have studied membrane area in the range
of 1.5-15 m?*/(mol/s), and pressure in the range of 2—50
bar. However, the range for vacuum scenario (VS) is 20-200
m?/(mol/s) for area and 1-5.5 bar for pressure (permeate-
side pressure: 0.2 bar).
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Permeate pressure. As it is noticed in Figure 6, feed
pressure has positive impact on permeate pressure, while the
impact of area is reverse. It is also noticed that permeate
pressure is less sensitive to membrane area compared with
its sensitivity to feed pressure. The trend of membrane pro-
files for both PS and VS are identical.

Permeate flow Rate. Permeate flow rate has been tradi-
tionally addressed with stage-cut (0 = F,/Fp). High stage-
cut is manifestation of high-mass transfer over membrane.
As noticed in Figure 7, for both PS and VS, when feed pres-
sure is increased, permeate flow rate and, thus, stage-cut also
increase. This can be explained as a result of increasing driv-
ing force (Eq. 2) which steadily increases mass transfer over
membrane. The membrane area also has similar impact on
permeate flow rate. It is noticed that simultaneous increases
in both feed pressure and area amplify the increase in the
permeate flow rate. For instance, for PS, at area of 1.5 m?/
(mol/s) and pressure of 4 bar, the value of stage-cut is less
than 0.001. If the area is kept constant and the pressure is
increased 10-fold to 40 bar, the stage-cut will be 0.043.
However, if pressure is kept constant at original value of 4
bars and the area is increased 10-fold, the stage-cut will be
0.009. Now, if both area and pressures are simultaneously
elevated 10-fold (15 m?/(mol/s) and 40 bar), the new stage-
cut will be 0.202. This validates that membrane area and
feed pressure; both have positive impact on stage-cut. The
same trend is noticed for VS.

Permeate Concentration. CO, concentration of permeate
is the most critical parameter in the design of PCC mem-
brane systems. Membrane design objective is usually either
minimum concentration of target component in the retentate
or maximum concentration in permeate. This target is
accompanied with the requirement of high recovery. For the
case of flue gas treatment, retentate quality (CO, concentra-
tion of vented flue gas) is not the direct objective while CO,
purity of permeate is very important due to requirements of
downstream CO, compression and transportation systems.
Recovery is also important as it reflect the amount of carbon
capture. As discussed earlier, a CO, purity of above 95% is
usually targeted. Figure 8 illustrates the molar fraction of
CO, in permeate for PS (Figure 8a), and VS (Figure 8b)

€O, Mole Fraction, Permeate

i i L ) |
s o 08 EF] a5 a8 2 En ar N
0, Molar Fraction, Inlet Feed

Figure 5. Impact of flue gas composition on permeate
concentration of CO, at specific feed condi-
tions of T = 50 C, Py, = 2 bar, Ppo = 0.2 bar,
membrane area of 40 m?/(mol/s), concentra-
tions, mol %: CO, = 13.0, N, = 80.4, O, = 3.6
and H,O0 = 3.0 and permeance (10~ mol/
s.m%Pa): CO, = 510, N, = 10.2, O, = 255
and H>O = 1020.
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Figure 6. Impact of membrane area and feed pressure
on permeate pressure at specific feed condi-
tions of T = 50°C, concentrations, mol %:
CO, = 13.0, N, = 80.4, O, = 3.6 and H,O =
3.0 and permeance (10~ '° mol/s.m2.Pa): CO,
= 510, N, = 10.2, O, = 25.5 and H,O = 1020
and cocurrent flow; (a) pressurized Py, =
1.01 bar, and (b) vacuum P, = 0.20 bar.

processes over wide range of membrane area and inlet flue
gas pressure.

It is noticed from both Figure 8a and 8b, that membrane
area has reverse impact on CO, purity of permeate. The
impact becomes more important at high flue gas pressures.
The impact of flue gas pressure on permeate purity is seen,
however, slightly different. Generally, flue gas pressure has
positive impact on CO, purity of permeate. This could be
easily noticed at relatively low-membrane areas. For
instance, for the case of PS, at its low area of 1.5 mz/(mol/
s), the CO, purity will be 0.25, 0.60 and 0.65 for flue gas
pressures of 2, 10 and 50 bar, respectively. Similarly, at
VS’s relatively low area of 20 m?/(mol/s) the CO, purity
will be 0.43, 0.48 and 0.53 at pressures of 1, 1.9 and 5.5
bar, respectively. However, when the area is increased, CO,
purity shows a different profile because of two opposite
impacts of area and pressure. At higher areas, the increasing
trend of purity as a result of pressure increase reaches a
maximum at a certain limit after which the reverse impact of
area manifests itself in a decline in purity. This is especially
noticed for the case of PS, when the profile shows optimal
focal. For instance, at high area of 15 mz/(mol/s), when the
feed pressure is 2 bar, the CO, purity will be 0.24. It reaches
a maximum value of 0.53 at 10 bar after which it declines
and reaches a value of 0.18 at 50 bar.

CO> Recovery (Captured Carbon). If we consider the
stage-cut profiles along with permeate concentration profiles,
a trade-off will be observed. Stage-cut becomes maximum at
high pressures and areas while CO, purity tends to its lowest
values at such conditions. Therefore, there is a conflict
between our two objectives of maximizing stage-cut as well
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as CO, purity of permeate. We can use “recovery” (Eq. 11)
which can manifest the impact of both these parameters on
membrane performance. In reality recovery relates to the
best combination of stage-cut and purity, but does not neces-
sarily guarantee either of these parameters to be maximum.

Figure 9 shows the recovery profile over area and pressure
for PS and VS. It is noticed that the recovery profile for
both PS and VS are identical. It is observed that up to cer-
tain areas and pressures, increasing both parameters
improves the recovery. However, at smaller areas, recovery
still improves with increase of pressure, while at higher areas
it declines. This means that area above a certain threshold
has negative impact on recovery, while below that threshold
its influence is positive. These phenomena can be explained
by the fact that when area and pressures are increased above
certain limit, the driving force of other components (H,O,
N, and O,) also increases and makes negative impact on pu-
rity of CO,, and, thus, recovery. For instance, for the case of
PS, at area of 3 m%/(mol/s), when the pressure is 2 bar, re-
covery will be 0.03%. The value will steadily elevate till
44.48% at 50 bar. Similarly, at pressure of 10 bar, the recov-
ery will be 3.15% at area of 1.5 m?/(mol/s) and will steadily
elevate to 23.49 till area of 15 mz/(mol/s). It is, however,
noticed that, above a membrane area of 8 m>/(mol/s), the re-
covery profile (over pressure) will have declining section.
The maximum recovery, is observed to be a 55.3% at area
of 8 mz/(mol/s) and pressure of 50 bar.

The behavior of permeate purity (Figure 8), and recovery
(Figure 9), having clear optima, is an interesting outcome that
to the best of our knowledge has not been discussed in

Dimensionless Permeate Flowrate

Area per unit of Infet Flue Gas Flow 0 0
m?malls)

(Stage Cut)

Dimensionless Permeate Flowrate

‘;‘-\ o=t 25

e T 1.
o

Area per unit of Inlet Flue Gas Flow o Feed Inlet Pressure, bar

mzltmol!s]

Figure 7. Impact of membrane area and feed pressure
on permeate flow rate (stage cut) at specific
feed conditions of T = 50 C, concentrations,
mol %: CO, = 13.0, N, = 80.4, O, = 3.6 and
H,O = 3.0 and permeance (10~ '° mol/s.m2.Pa):
COZ = 510, N2 = 10.2, 02 = 25.5 and H20 =
1020 and cocurrent flow; (a) pressurized Py =
1.01 bar, and (b) vacuum P, = 0.20 bar.
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Figure 8. Impact of membrane area and feed pressure
on permeate molar fraction of CO, at T =
50 C, concentrations, mol %: CO, = 13.0, N,
= 80.4, O, = 3.6 and H,O = 3.0 and perme-
ance (107'° mol/s.m?Pa): CO, = 510, N, =
10.2, O, = 25.5 and H,O = 1020 and cocur-
rent flow; (a) pressurized P, = 1.01 bar, and
(b) vacuum P,o = 0.20 bar.

literature. These figures propose optimal combinations of feed
gas compression pressure and area which could be invaluable
outcome for membrane process design. For example, when
our objective is maximum recovery, then Figure 9 suggests
designing our process in two regions: A and B shown in Fig-
ure 10. Region A encompasses the condition with moderate
flue gas pressure but high membrane area, while region B is
for high-pressure flue gas and moderate area. The decision on
choosing either of these regions is dependent on economics of
the process. Region A is suitable for the cases when mem-
brane price per unit is low and/or low-compression cost
(opex) is targeted. Region B implies very high opex due to
high-flue gas compression required and is only good for the
condition when membrane material cost is very high.

It should be, however, noted that if there is a certain limit
for CO, purity of permeate then a different decision is
required. Recovery has direct functionality to CO, purity of
permeate but this does not guarantee that purity will be high.
Hence, zones A and B justify optimal recovery at the given
condition, but do not take care of purity limits. Therefore,
this trade-off should be carefully tailored in membrane sys-
tem design. When higher purity permeate is required then re-
covery should be sacrificed. This means that a combination
of pressure and area outside zones A and B will be selected
which will result at higher process cost.

Assume a design scenario at which the objective is CO,
purity above 0.5 and maximum recovery. The procedure under
such conditions will be first to cross out part of the plane in
Figure 10 that related to CO, purities below 0.5 (obtained from
Figure 8). If all or part of zones A or B still remain, then the
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parameters will be selected from those zones, else the other
points with highest recovery values will be selected.

Impact of permeance and selectivity

Real Selectivity. Selectivity is the most definitive property
of membrane material in relation to membrane process design.
We know that two different selectivities are defined for mem-
branes. One is the so-called “ideal” selectivity which is obtained
by dividing the permeance or permeability values (from experi-
mental data), of fast penetrating component (CO,) over the less
penetrating one (N,). For our case study the ideal CO,/N, selec-
tivity is 50. However, in reality selectivity is changing when feed
stream has multiple components due to competitive penetration
between the components. Operating conditions (P, T) also have
impact on selectivities. Therefore, the so-called “real” selectivity
for the two components is given by

r 7yA/xA

oy p = 12
A.B yB/-xB ( )

Figure 11 illustrates the real selectivity values of CO,/N,
under wide ranges of feed pressure and membrane area. Real
selectivity is shown to always be less than ideal selectivity
(50). At any constant feed pressure, real selectivity decreases
steadily with membrane area increase. However, feed pressure
seems to have a positive impact on selectivity. Therefore,
these two parameters have opposite impacts on selectivity
which results in the existence of an optimum condition. This
trend is valid for both PS and VS. For instance, at membrane
area of 20 m>/(mol/s) and pressure of 1.3 bar, real selectivity is
7.3. At the same membrane area, increasing the feed pressure
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Feed Inlet Pressure, bar

GDz Recovery, %
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Figure 9. Impact of membrane area and feed pressure
on CO, recovery at T = 50 C, concentrations,
mol %: CO, = 13.0, N, = 80.4, O, = 3.6 and
H,O0 = 3.0 and permeance (10~'° mol/
s.m%Pa): CO, = 510, N, = 10.2, O, = 255
and H,O = 1020 and cocurrent flow; (a) pres-
surized P,0 = 1.01 bar, and (b) vacuum Py =
0.20 bar.
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Figure 10. Optimal recovery zones at T = 50 C, con-
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O, = 3.6 and H,O = 3.0 and permeance
(107 mol/s.m?.Pa): CO, = 510, N, = 10.2,
0O, = 25.5 and H,O = 1020 and cocurrent
flow; (a) pressurized P,, = 1.01 bar, and
(b) vacuum P, = 0.20 bar.

to 2.5 bar, increases the selectivity to 9.9, and further
increasing the pressure to 5.5 bar, improves selectivity to
value of 13.7. However, at higher membrane areas the real
selectivity values are lower compared to low areas. At an area
of 200 mz/(mol/s), for example, the maximum selectivity is
reached at a pressure of 5.5 bar to be 9.3, which is about 32%
less compared to that of area 20 m>/(mol/s).

A similar trend is seen for PS with a difference that the
real selectivity values for PS are much higher than those of
VS. According to Figure 11, the maximum selectivity for
VS is about 13.7 while for PS it is 32.6.

Permeance and Selectivity. It is known that high perme-
ance and selectivity behave against each other. To quantita-
tively investigate this issue we have kept the membrane
area, feed pressure and composition constant and have simu-
lated the process over wide ranges of selectivities and per-
meances. Figure 12 illustrates the impact of permeance and
selectivity on (a) CO, concentration, (b) stage-cut, and (c)
recovery of permeate for VS.

As noticed, when permeance increases, for a membrane
with constant selectivity, the purity of CO, in the permeate
notably decreases. For instance, permeate CO, purity for a
membrane with CO,/N, ideal selectivity of 30 will be 0.5 at
CO, permeance of 100 x 107" mol/s.m%.Pa, while it will
be only 0.3 for permeance of 1,000 x 10~ '° mol/s.m?Pa.
This is because of a higher chance of other components (N,
O,) penetrating at high permeances. However, the advantage
of high permeance is for achieving higher stage-cut. At the
discussed condition, for permeance of 100 X 1071 mol/
s.m>.Pa, the stage-cut will be 0.02, while for 1,000 x 1071
mol/s.m? Pa the value will elevate to 0.11.
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The impact of selectivity is opposite to that of permeance.
At a constant permeance, CO, purity increases with increase
of selectivity while stage-cut decreases. It is also noticed in
Figure 12b that the impact of selectivity on stage-cut is
severe at low selectivities, i.e., below ~70.

The combined impact of stage-cut and purity is shown in
the recovery profile of Figure 12c. It is noticed that recovery
increases with an increase of permeance and decreases with
an increase of selectivity. The main insight of this profile is
that recovery does not notably change above certain perme-
ance and selectivity values. For instance, we can highlight
selectivity values below ~70, and permeance values below
~1,000 x 10'° mol/s.m*Pa as ranges with notable impact
on recovery.

At low permeances, although the membrane separation
produces comparatively high purity product, the recovery is
low. Conversely, high permeance and low selectivity have
high recovery, but with the drawback of low purity. How-
ever, in the ranges of medium/high permeance and medium/
high selectivity, the membrane separation can produce prod-
uct with medium purity and medium recovery. As usually
from the membrane synthesis point of view, manufacturing
high-selective membranes comes with difficulties and
expense, and considering that medium selectivity membranes
can satisfy similar objectives, we propose that except for
cases where either high recovery or high purity is specifi-
cally targeted, membranes with medium selectivity and
medium/high permeance are adequate choices for CO, sepa-
ration. This region is highlighted with dashed ellipse in
Figure 13. This result criticizes the general consensus with
stringent focus on designing high selectivity membranes. It
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Figure 11. Impact of membrane area and feed pressure
on real selectivity of membrane at T = 50 C,
concentrations, mol %: CO, = 13.0, N, =
80.4, O, = 3.6 and H,O = 3.0 and perme-
ance (107'° mol/s.m2.Pa): CO, = 510, N, =
10.2, O, = 25.5 and H,O = 1020 and cocur-
rent flow; (a) pressurized P,o = 1.01 bar, and

(b) vacuum P, = 0.20 bar.
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might be advisable that researchers and manufacturers focus
on producing membranes with good permeances (as high as
1,000 x 107" mol/s.m*>.Pa) while having acceptable selec-
tivity that are not necessarily high.
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Figure 13. Identification of the right permeance/selec-
tivity values (this figure is two-dimensional
(2-D) form of Figure 12a).
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Conclusion

n this study, we presented a systematic methodology for
analysis of single-stage membrane systems considering mul-
ticomponent flue gas with CO, as a target component. We
found optimal regions of flue gas pressures and membrane
area within which a technoeconomical process system design
could be carried out. Fiber length was found to be an impor-
tant parameter in membrane system design having a negative
impact on product recovery. We illustrated that the vacuum
process requires a notably higher area (i.e., higher capex)
than pressurized process, however, the vacuum process was
found to be less energy intensive resulting in lower opex.

Throughout the analyses, it was observed that when the
concentration of CO, in the inlet feed is comparatively low
(<15%), membrane separation, neither PS nor VS, can sat-
isfy high-purity permeate or high recovery. The solution to
this problem can be afforded by the application of multistage
membrane systems, in parallel or series to reach higher qual-
ities. The success of membrane system in carbon capture
will be, therefore, very much dependent not only on mem-
brane materials design but also on process synthesis, config-
uration and optimal design/operation.

The systematic MPCC modeling approach presented in
this article provides a foundation for rigorous technoeco-
nomic analysis of MPCC processes with more complex mul-
tistage membrane configurations. The research community is
invited to dwell into this to assist global decision-makers in
the field of carbon capture.
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Notation

R;, = lumen radius of hollow fiber, m
R, = outside radius of hollow fiber, m
R = ideal gas constant

M = molecular weight, g
| = thickness of membrane, m
N = total number of fibers in hollow fiber system
P; = feed pressure, Pa
P, = permeate pressure, Pa
P; = permeability of component i, mol/m.s.Pa
Fy = feed flow rate, mol/s
K,, = permeance, membrane mass transfer coefficient, mol/m2.s.Pa
Z = dimensionless hollow fiber length
T = temperature, K
x = feed-side concentration of component i, mol fraction
y = permeate concentration of component i, mol fraction
C = number of gas components

Subscripts

i = indicator of gas component

k = indicator of gas component

J = indicator of hollow fiber segment

0 = indicator of condition at membrane inlet
b = Indicator of bulk flow

Greek letters

oz = membrane ideal selectivity for component A over B
oy = membrane real selectivity for component A over B
= ratio of permeate pressure to feed pressure, P,/Py
0 = stage cut, ratio of permeate flow to feed flow F,/Fy,
W, = viscosity of gas mixture, Pa. s
W, = viscosity of gas mixture, Pa.s
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